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Catalyst and catalysis
Definition:

Generally, the process by which a catalyst affects a reaction, speeds up or
slows down, is called catalysis.

A catalyst is defined as any substance “organic, synthetic, or metal” that works
to accelerate a chemical reaction by reducing its activation energy (Es) without
affecting in any way the possibilities for this reaction within a chemical system.

Scientifically, catalyst within the catalysis lowers the value of activation
energy and therefore increases the rate of reaction, without being consumed in the
reaction and without it is changing the original energies (i.e. enthalpy “AH” or free
energy “AG” states) of neither the reactants nor the products. Therefore, the required
energy to allow the reactants to enter the transition state to react and thereby to initiate
the reaction is seen to be extensively reduced by applying the more stable and active
catalyst to the reaction.

E. is the activation energy in kJ.mol™, which is defined as the energy that must
be overcome in order for a chemical reaction to occur, it may otherwise be denoted as
the minimum energy necessary for a specific reaction to occur. The classical

exponential law of Arrhenius can be applied to estimate the kinetic parameters for the

k = A.exp(_ E%T)

Where k is the rate constant (i.e. reaction rate coefficient), A is the attempt

reaction:

frequency of the reaction (i.e. an empirical relationship between the temperature and
the rate coefficient), which denotes the total number of collisions between reactant
molecules having the correct orientation so as to lead to products, T is the absolute
reaction temperature in degree Kelvin (i.e. the reactor bed temperature), and R is
symbolized as the molar gas constant with the value of 8.314x 107 kJ.mol™K™. The
Boltzmann constant (Kg = 1.38066 x 102 J.K™) is usually used instead of the gas law

constant, when Ej is given in molecular units (i.e. Joules per molecule).

Adding the catalyst diminishes decomposition temperature and promotes
decomposition speed, hence makes a chemical process more efficient and reduces

pollution by saving energy while minimising unnecessary products and by-products.



For example; the following chemical reaction reaches the equilibrium at 50%

of the conversion of SO, into SO3 as shown in Figure 1:

SOZ +%02< 753K ,1.013bar >803

Using the catalyst leads to reduce both the reaction time and the cost by means

of increasing the speed of the reaction.

Figure 1: The effects of the catalyst on both the time and the rate of chemical reaction.

In fact, the possibilities for the reaction described in terms of thermodynamics
by means of the Gibbs free energy of the materials involved in the reaction — the

reaction proceeds spontaneously if AG < 0 and vice versa, as shown in Figure 2.
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Figure 2 The left diagram shows that reactants can be converted into products, when the free
energy of the system overcome the activation energy for the reaction, while the right diagram
shows that catalysts provide a new mechanism by supplying acidic sites for the adsorption and

dissociation of the reactants in order to increase the rates of reactions.



The change in free energy (AG), which is related to the reaction enthalpy (AH)
and reaction entropy (AS) by the equation:
AG=AH-TAS
is equal to the difference between the respective energies of formation of products and
reactants from their elements at the reaction temperature (T) :
AG = G (products) — G (reactants)

In terms of partial pressures (P), the equilibrium constants (Kp = [P (products) / P
(reactants)], is given by the expression:
AG= -RT.InKp

As - AH

Kp =exp

Where AH is the enthalpy of transition (KJ.mol™), which measures the heat
content. Changes of state or phase of matter are also accompanied by enthalpy
changes, and if AH is positive, the reaction is endothermic such as in a melting
process — heat is absorbed by the system. In contrast, if AH is negative, the reaction is
exothermic such as in a freezing process — heat is desorbed from the system.

According to the transition state theory the activated complex can be formed

by either the left or the right diagram as shown in Figure 3.

Figure 3: The relationship between the activation energy and the enthalpy during the
reaction.



Classification of catalyst:

A catalyst can be either hetero-geneous or homo-geneous with bio-catalysts
(enzymatic) are often seen as a separate group. Accordingly, there are two types of

reactions:

1- Homogenous Reaction
In this type of reaction both the catalyst and the reactants are existing in the same
phase (e.g. either the catalytic reactions in most of the liquid phase or the noncatalytic
reactions in most of the gaseous phase).

2- Heterogeneous Reaction
In this type of reaction the catalyst and the reactants are existing in the different

phase, as in the case of the following catalytic reactions:

N, gy +3H ) — 2 2NH

2(9) 3(9)

2NH ) +40,,, —>N,0

2(9

+3H,0

3(g

Pt(s)
C,Hupy —>C,H

5(9) (9)

ao) T C2He(q)

CO,,, +2H,,, —**CH,OH

2(9) (9)

Or in the case of the following noncatalytic reactions:
Coy +Oyg) —>COy

PbS

3
(s) T Eoz(g) —> PbO,, + 30,

Zn(s) + 2HCI(,) — ZnCIZ(l) +H 20)

Zn, +2NaOH ;) —— Na,Zn0,, + H,

SO, ,, +2NaOH ,, —> Na,50;, + H,0,,

NH ., + HCl ,, —> NH,Cl,

3(9)



Mechanisms of heterogeneous catalysis:

Theoretically, the overall reaction that takes place throughout the active sites on
the catalyst’s surface follow a five-step mechanism, as shown in the schematic
diagram in Figure 4. These stages are: —

1- Thermal decomposition, generally after the transport of reactants from the
homogeneous phase (i.e gaseous or liquid) to the solid surface.

2- Primary catalytic reaction following absorption of reactants on specific sites of
the surface so as to produce the intermediate chemisorbed species.

3- Secondary reactions between primary products in the sorbed phase.

4- Desorption of the products from the sorbed phase to release the sites.

5- Removal of the products from the catalyst surface into the homogeneous
phase, and accumulation of polymerizable products from further reaction by

their adsorption on the surface of the catalyst as coke.

Figure 4 (a) Reaction occurs on the catalyst surface “heterogeneous catalysis”, (b) Porosity



Properties of heterogeneous catalysts:

Heterogeneous catalysis is the common attractive method for activating
reactions that are thermodynamically possible but which occur at a very slow rate
because of their chemical kinetics. Since heterogeneous catalysis is a surface
“interface phenomenon”, the catalysts need a large surface area often expressed in
m2.g™* to provide a sufficiently high activity. The highly porous structures of zeolites,
containing a three dimensional network of channels, make them ideal as industrial
catalysts, especially as it is possible to modify their porosities and activities to
selectivity minimize as much as possible the formation of by-products. Therefore, this
kind of catalyst is utilized to realize a maximum conversion of the feedstock by
increasing the rate of reaction. In addition, the catalyst must has a good thermal
stability (i.e. temperature at which it decomposes upon heating at a constant rate) and
is highly resistance to chemical agents during catalysis.

Moreover, zeolite catalyst has a high diffusivity — an important physical
property required for a commercially successful operation, which characterizes the
ability of fluids to diffuse throughout the zeolite structure. As such, the mass transfer
of the reactants to the active sites is increased, making possible the use of higher
space velocities of hydrocarbons often expressed in time™ and lower residence times
in the reactor chamber. Additionally, most recent zeolitic or molecular sieve catalysts,
as they are also known, have a good hardness and are able to resist attrition and
abrasion, meaning that each catalyst particle is able to hold its shape. The choice of
catalyst for any specific purpose is depending on the operating conditions, feedstock,
product demands and the cost of process.

Catalytic properties of zeolites:

Zeolites can operate both as ion-exchange materials and also reversible
adsorption systems for water or small organic molecules, with a potential capacity of
more than 25% of the framework weight; however the two most significant properties
for zeolites are acidity and porosity. The acidity of a zeolite is usually responsible for
the catalytic activity of catalysts, whilst the porosity is responsible for the catalytic
selectivity during the reactions. These catalytic properties can be modified to provide

enhanced flexibility across a range of applications.



A- Catalytic activity of zeolites:

Zeolites are mostly employed as acid catalysts, with the catalytic activities of
zeolites attributed to the generation of strong acidic sites on their surfaces. Electron
pair acceptors or Lewis acid sites (L) and proton donor or Bronsted acid sites (B), are
both found in zeolites with the former resulting from the rupturing of hydroxyl
bridges between aluminium and silicon atoms in the framework, and the latter
resulting from the hydroxyl bridge that forms as shown in Figure 5. The Bronsted acid
site is formed when the negatively chared aluminium framework is counter-balanced
by proton (H™), such that it is necessary to replace the cations present in the freshly
synthesized zeolite with protons, for instance by substitution of sodium ion (Na*) with
an ammonium ion (NH";). A high temperature calcining process is then required to
drive off the ammonia and leave a protonated form of the zeolite. In other
circumstances where the zeolite is not protonated, a trigonally coordinated Al-atom
possessing a vacant orbital is produced that can accept an electron pair and acts as a

Lewis acid site.
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Figure 5 Reversible formations of the classical Lewis and Bronsted acid sites.

The activity of a zeolite catalyst may be defined by: (a) the strength of acidity,
(b) the acid sites density, and (c) the accessibility of the bridging hydroxyl groups,
which act as Bronsted acid sites. Undoubtedly, a decrease in the number of Al-atoms
in the framework “high Si/Al ratio” causes a decrease in the density of Bronsted
acidity of a zeolite, but may also increase the single acid site “proton donor” strength.
By decreasing the Al content, the charge density of anions “hydroxyl groups within
the framework™ decreases and leads to less intense interaction of OH-groups whitin
the framework, thereby increasing the ease of proton transfer from the surface site to

the adsorbed base. Thus, the overall catalytic activity of a zeolite can be enhanced.



B- Catalytic selectivity of zeolites:

A catalyzed chemical reaction frequently takes place within the zeolite pores,
internal channels or cavities, and therefore there are size restrictions on the reactants,
products, or transition states intermediates. The maximum free pore diameters (&)
must thus significantly influence the shape-selectivity phenomenon.

Usually, shape selective catalysis is applied either to increase yields of a
preferred product or to hinder undesirable reactions, and the desire for precise control
over selectivity means that the heterogeneous catalysis is more favourable than the
homogeneous one for cracking reactions, since the pore size depends on the type of
cation present within the zeolite framework — e.g. a monovalent cation such as
potassium or sodium reduces the actual pore size of zeolite-A to below 0.4 nm.
However, the pores enlarge slightly at higher temperatures, which can then allow the
diffusion of molecules into or out-of the channel systems throughout the reaction.
Whilst there are many factors impacting shape selectivity, the zeolite frameworks may
be modified for specific applications.

Weisz and Csiscery have shown that zeolite shape-selectivity can be divided

into three main categories, described with mechanisms shown in Figure 6 A, B and C:

A- Reactant selectivity: This arises when some of the reactant molecules are
too large to enter the zeolite channel system and products are only formed

from those molecules that are able to diffuse through the catalyst pores.

o]

— —e e Y

| A AR PAITD |
N\I/'D

Figure 6 (A) Reactant selectivity.

B- Product selectivity: This arises when some of the product molecules
created inside the channel systems are too large to transport out of the
zeolite structure. They either deactivate the catalyst or are converted by
cracking to less bulky molecules, which then escape from catalyst pores.
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Figure 6 (B) Product selectivity.

C- Restricted transition-state selectivity: This arises when some transition
state molecules are too large to form in the zeolite channels or cavities
because those molecules would require more space than available. Both
reactant and product molecules are prevented from dispersing through the
pores and only the possible product molecules from the transition states

are produced in the void space.
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Figure 6 (C) Restricted transition-state selectivity.

Surface area of solid catalysts:

BET-surface area measurements are generally based on the phenomenon of
gas adsorption-desorption isotherm. The two processes are based on the same
principle, but one is reversed to the other. The adsorption takes place when the gas
molecules contact the surface of the solid material and a film of the adsorbate is
formed. The gas atoms are taken up by the solid surface e.g. the accumulation of N-
gas molecules on the zeolite surface — adsorption is different to absorption, in which
molecules diffuse into a liquid or solid to form a solution and that's why, it refers to a
volume rather than a surface. In essence, the process simultaneously encompasses

both adsorption and absorption is called sorption.



Irving Langmuir in 1920 published a theory to develop the sorption data,
which is known as a Langmuir-isotherm. The theory assumed that the adsorbed gas at
a fixed temperature and gas pressure could be adsorbed from only one layer of
adsorbate on the solid surface. Few years later around 1938, three scientists,
Brunauer, Emmett and Teller modified and optimized Langmuir’s theory by using the
hypothesis of multilayer gas adsorption. Thus, a new theory was evolved, which was
called BET-isotherm. The pore structure and the total surface area, which includes all
the internal structure of solid catalyst, can be calculated using BET-method.

Brunauer, Deming, Deming and Teller also classified the isothermal adsorption into
five different types as exposed in Figure 7. The Van der Waals adsorption isotherm
type-1 is the category that commonly expresses the crystalline microporous materials
such as zeolite, while the other exhibited types are relevant examples of the
adsorption isotherm for other porous materials. The shape of the adsorption or
desorption branch may be mechanistically attributed to the pore structure of a solid.
Such that the analysis of the adsorption-desorption hysteresis loop is essential in order
to get a complete picture about the main structure of the pores in the sample. The
formation of mesopores, less of micropores, within the structure normally gives rise to
adsorption-desorption hysteresis loops. Generally, a total pore volume of solid
“adsorbent surface” can easily be found, if the density of gas “adsorbate” is known.
According to the international union of pure and applied chemistry (IUPAC),
the classification is as follows; Micropores: d, <2 nm, Mesopores: 2 nm, < d, <50 nm
and Macropores: d, > 50 nm, with d, being the pore diameter. In these pores, the
dissolved organic molecules with appropriate sizes to fit into the catalyst pores are

adsorbed during the reaction.
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Figure 7 The adsorption isotherm curves according to BDDT-classification.



Determination of surface area of catalyst:

Langmuir treatment of adsorption was assumed that all the surface of the
catalyst has the same activity for adsorption under the same mechanism and there is
no interaction between the adsorbed molecules. In addition, the adsorption is limited
(less than one) to complete coverage by a monomolecular layer — as such the catalyst
surface may be divided into two parts:

1- ©: is the fraction covered by the adsorbed molecules, and

2- 1-0O:is the fraction of bare surface (uncovered part of the surface).
Since, the rate of adsorption per unit of total surface is equal to;

r, = kp(L-0)
Where; k is a constant, and p is a gas pressure (equilibrium adsorbate pressure)
And the rate of desorption is equal to;
r, =k'0

The langmuir isotherm can then be obtained at the equilibrium (at r, = rq) as follows;

0= kp _ Kp
k'"+kp 1+Kp

Where; K:kk, is the adsorption equilibrium constant, expressed in units of

(pressure)™. In addition, this langmuir equation can also be regarded as a relationship
between the pressure of the gas and the volume adsorbed as follows;

gV - _Kp
v, 1+Kp

m

Where,

Vi = Volume of the adsorbed gas in the monomolecular layer (cm*.g™%), and

v = Volume of gas adsorbed at the equilibrium adsorbate pressure, and at the
temperature of adsorption (liquid nitrogen boiling point = 77 K).

Langmuir isotherm can also be rearranged to the following form:

p_ 1 P

VoKV, Y,

The gas adsorption measurement is the most commonly used technique for
characterization of the volume of gas required for the formation of a monolayer on the
surface of the sample. By applying the following equation for multilayer adsorption, a

straight-line relationship may be derived for the BET-isotherm data:



V 1 c-1
el

- v, C| po

v(1_%o)_\/(po—p) v, C |V,

By plotting the appropriate left-hand side of above equation versus (p / p °), this gives

a reasonable straight line with following slop and intercept.

C_é} and Intercept(l):{ L }

So, Sl S)=
0 ope(S) |:Vm' —c

m

Thus, C = _ slope +1 and v, = 1
Intercept Slope + Intercept

Where,

C = BET-constant for the particular temperature and gas-solid system, which is an
indication to the interaction between the adsorbent and adsorbate, as it is
exponentially attributed to the energy of adsorption in the first adsorbed layer.

By solving the above equations algebraically, the values of both v, and C could be
obtained.

The nitrogen adsorption curve can be obtained typically by plotting the volume of gas
adsorbed (cm®.g™?) versus the relative pressure (p/pe). Indeed, when the equilibrium
adsorbate pressure (p) in the sample tube becomes close to the saturated vapor
pressure of gas (pe), the opening pores of the solid catalyst have to fully fill with
adsorbate. This means that at saturation pressure of gas (i.e. the pressure at which the
adsorbate gas liquefies) an infinite number of adsorbate layers must build up on the
solid surface and to fulfil this limitation by BET-method, the (p/pe) should be unity
when (p) approaches (pe). Since a specified relative pressure (p/pc) range between
0.05 and 0.25 had been chosen from the data to get the linear mathematical form. In
this narrow range of validity, the infinite adsorbate layers cannot be condensed on a
given surface during the BET-isotherm for many porous materials. A theoretical value
for the total surface area (Sy) for the sample in (m?.g™Y) (if vy, is based on a 1 g sample)

could thence be calculated from the following expression:



Where, N, = Avogadro’s number (6.022 x 10%* molecules / mol)
V = Molecular volume of the adsorbate molecules (22414 ml.mol™), and
The term in brackets represents the number of molecules adsorbed.
a = The projected area of a molecule on the surface or area of an adsorbed molecule
of gas. The proposed equation to calculate such area is:
2
o= 1.09{%}A
Where M is molecular weight and p is the density of the adsorbed molecules.
The term in brackets represents the volume of one adsorbed molecule.
The value of BET-surface area (m?) per gram of solid adsorbent could finally
be represented in the following general form:
S, =V, x(4.35)]

Example: Illustrate both the BET-profile and the BET-equation plots and then
estimate both the BET-constant and the BET-surface area per gram of the zeolite
catalyst by using the following experimental data of adsorption of nitrogen at
equilibrium at the normal boiling point of (- 195.8'C), which is obtained from a

Micromeritics-Coulter SA-3100 instrument.

Solution:

P/P®  vqqs cclg 1-(p/p°) v(1-(p/p°)  (PIP°)/v(1-(p/p?))
0.0494 107.662 0.9506 102.3434972 0.000482688
0.0587 108.449 0.9413 102.0830437 0.000575022
0.0702 109.245 0.9298 101.576001 0.000691108
0.0777 109.573 0.9223 101.0591779 0.000768856
0.0862 110.074 0.9138 100.5856212 0.000856981
0.0947 110.522 0.9053 100.0555666 0.000946474
0.1196 111.541 0.8804 98.2006964 0.001217914
0.1445 112.309 0.8555 96.0803495 0.00150395
0.1593 112.748 0.8407 94.7872436 0.001680606
0.1786 113.338 0.8214 93.0958332 0.001918453
0.2005 113.977 0.7995 91.1246115 0.002200284
0.2429 115.038 0.7571 87.0952698 0.0027889
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S, =[v, x(4.35)]

Thus, Sq = 365.55 seq M/g.ca.



Catalyst density:

Volume and density of variety of powders, solids and slurries can usually be
measured by using a gas displacement technique. Density may be considered in three

distinct types. The first type is the absolute or skeletal density, which is obtained

when only the solid volume of sample is measured — “excluding the open pores and

void spaces between particles”. The second type is the envelope density, which is

obtained when only the solid volume and the pore spaces are measured. Finally the

bulk or tap density, which is obtained when the solid volume, pore and void spaces
are measured. Thus, the total porosity is determined by the difference between the
absolute and envelope densities for the same sample material.

The density of the solid catalyst sample (ps) in g.cm can usually be derived if

both the mass and the volume of the catalyst are known.

Pore volume, solid density and porosity:

The helium-mercury method is the procedure that typically used for these
purposes, which is based on a gas displacement hypothesis. In this test both the
volumes of displaced helium and mercury are measured successively. In view of the
fact that the helium gas can fully fill the pores of most solid catalysts at atmospheric
pressure, while the mercury can not. Therefore, the difference in volumes gives the
volume occupied by the pores of catalyst (volumes of void only). In addition, the
volume of helium displaced is a measure of the volume occupied by the solid catalyst.
Thus, dividing the weight of the catalyst sample on this volume (volume of solid
catalyst) gives the density (ps) of the solid phase. Moreover, the void fraction
(porosity) of the particle (ep, dimensionless) can also be calculated by dividing the
pore volume of particle on the total volume of particle as follows:

. m,.v, _ VP

P V,.p, +1
m, v, +mp(%s) 9P

Where; m, is the mass of the particle, and v is the pore volume per gram of particles.

On the other hand, dividing the weight of the catalyst particles on the

displaced mercury volume gives the density (pp,) of the porous particles. The

following expression may also be used to calculate the porosity: ¢



Usually, during a packed-bed catalytic reactor about 30% of the volume is
pore space, 30% is solid catalyst and 40% is void space between catalyst particles. In
fact, the catalyst particles are pelleted or agglomerated when they are used in the
packed-bed reactors, in order to avoid excessive pressure drop during the reaction — (it
is usually referred to the pressure exerted on a moving fluid by obstructions against its
direction of flow as backpressure).

The pellets are usually cylindrical or granular and such kind of agglomeration
of porous particles gives a pellet containing two space regions: small spaces within
the individual particles are termed as micropores (pore space), and larger spaces
between particles are called macropores (void space). Both the macro- and micro-
pore volumes and porosities for such bi-disperse pore systems could be calculated

using the same as mentioned equations for the mono-disperse pore systems.

Example: The following data were found from a helium-mercury displacement
experiment to determine the pore volume and catalyst particle porosity of activated
silica sample, which is granulated between 4 to 12 mesh sizes:

Mass of activated silica sample placed in the chamber is 101.5 g.
Volume of helium displaced by catalyst sample is 45.1 cm?®.
Volume of mercury displaced by catalyst sample is 82.7 cm?®.
Calculate these required properties?

Solution:

Pore volume = [Volume of mercury displaced — Volume of helium displaced] / Mass

v, = 82.7-451 _ 0.371cm®.g .
101.5
The density of the solid phase in the silica catalyst could be obtained as follows:
101.5
=== -225g.cm>®
P~ 451 J
The density of the porous particles in the silica catalyst could be acquired as follows:
101.5
=——=-1.23g.cm™®
Pr= g7 J
Either (ps) or (pp) may be applied to calculate the porosity of the silica gel particles:
0.371x 2.25

£, = =0.455 Oor g, =1.23x0.371=0.455
(0.371x2.25)+1




Calculations of pressure drop in a fixed bed reactor:

The Ergun equation for gas-phase reactions is commonly employed to
calculate the pressure drop in a packed porous bed of catalyst inside the reactor,

which is given by the following expression:

dz p.9.D, &

p

P G (1—gp){150#.(1—3;,)“.756}

p
Where:

P = pressure, (Ib / ft?).

Z = length down (depth) the packed bed of pipe, (ft).

ep = porosity (interparticle void fraction) = (volume of void) / (total bed volume).

1 — &, = (volume of solid) / (total bed volume).

(As a general rule, values of ¢, are of the order of 0.5, indicating that the particle is
about half void space and half solid material).

gc = gravitational constant (conversion factor) = 4.17 x 10° (Ibyft / h*1by)

= 32.174 (b ft / s%1by).

D, = effective particle diameter in the bed, (ft).

p = gas density, (Ib/ ft®).

W = viscosity of gas passing through the bed, (lby, / fth).

Either, G = p. u = superficial mass velocity, (Iby / ft*h).

Q _

u= X = superficial velocity, (ft/ h).

Q = volumetric flow rate of gas, (ft*/ h).

A= cross sectional area of tubular reactor, (ft%).

Oor,G = ™ \where m = mass flow rate of gas, (Ibm / h).



In order to express the pressure in term of reactor length (Z), the following

relationship may be used:

P _(,_2pZ %
PO - F)0

Where, P, = entering pressure, and thus: AP = P, - P

fo = right-hand side of Ergun equation =

(1—fp)[15o.y.(1—gp)

: +1.75G
p9.D, ¢

p

At the end of the reactor Z = L, where L is the whole length of the tubular reactor.

Therefore;

P _(,_2BL %
F)0 B PO

Pore volume distribution:

It is difficult to determine the pore volume distribution according to the size of

the pore, as such void spaces are usually non-uniform in size, shape, and length. In

most cases, one of the following two established methods is utilized in order to

measure the distribution of pore volumes within the catalyst particles:

1-

The relationship between the radius and the pressure is; a =

The mercury — penetration methods: In this method the pressure
required to force the mercury (Hg) to pass through into the pores is
depended on the pore radius, because the mercury has a significant
surface tension and does not wet (make contact with) most of the
catalytic surfaces. Ritter and Drake obtained the following relation
due to this fact:

ra’.P=-2rac.cos0 Thus, a= @

Where, ¢ = mercury surface tension.

O = contact angle between the Hg and pore wall (the average value
of such angle can be taken as 140°).

a = radius of a cylindrical pore.

P = pressure required to fill the catalyst pores with mercury.

8.75x10°
P

Where, (a) in (Z\) and (p) in (Ib / in?).



2- The nitrogen — desorption method: In this method the (surface area
measurement) the nitrogen pressure (p) approaches the saturation
pressure (p°) value (1 atm at the normal boiling point 77 K), and the
obtained data can be plotted as volume desorbed vs. pore radius.
Thus, such procedure also gives the distribution of pore volumes.
According to the corrected version of Kelvin relationship, the pore
radius is related to the saturation pressure ratio (relative pressure)
(p/p°). as shown in by the following expression:

_ —2.0V,.cos0

a—-0=
R T.In V j
g [ po

Where: V1 = molar volume of the condensed liquid nitrogen.

o = nitrogen surface tension.

© = contact angle between surface and condensate. Condensation
will be complete as (p/pe) becomes near from one.

T = temperature, and Ry = gas constant.

d = thickness of the adsorbed layers, which depends on (p/p-) and
can be found in angstroms (A) from Wheeler equation:

po X
o= 9.52(|09?J

Since nitrogen completely wets the surface covered with adsorbed
nitrogen, the value of © becomes (0°) and cos © = 1. For nitrogen
at normal boiling point the equation becomes:

p°)’
a—-o0= 9.52£Iog—J
P

Promoters and inhibitors:

A carrier, which is sported on the catalyst, can be divided into: promoter and
inhibitors. Promoter is defined as a small amount of substance added during the
preparation of a catalyst in order to improve its activity or selectivity or stability to
help in prolonging the catalyst life. Chlorides are sometimes added as promoters to
hydrogenation and isomerization catalysts, and sulfiding usually improves hydro-

desulfurization (Co-Mo) catalysts,



Inhibitor is defined as the opposite of the promoter, therefore adding small
amounts from inhibitor during catalyst manufacture leads to the reduction of its
activity or selectivity or stability to help in reducing an undesirable side reaction. It
has been found that adding halogen compounds to the catalyst inhibits the complete

oxidation and results in satisfactory selectivity.

Catalyst deactivation (poisoning):

Because of the activity of a catalyst decreases with time during the reaction,
the life of the catalyst is a major economic consideration. Poisons may be defined as
substances, either in the reactants stream or produced by the reaction, which lower the
activity of the catalyst. Catalyst poisoning is a problem in all reactions, but the
generation of coke as a by-product is the most significant problem. The deposition of
coke by occupying active catalytic sites leads to reduce catalyst activity, thereby
reducing the products yield with deactivation occurring in two discrete ways:

A) Pore blockage which prevents the access of reactant molecules to the whole
segments of catalyst pores. This poisoning (fouling) occurs rapidly and caused by
physically depositing a substance, which blocks the active sites of the catalyst.

B) Site coverage caused by poisoning the catalyst acid sites. This slow decrease in the

catalyst activity is due to chemisorption of reactants, products, or impurities.

It is possible to increase the catalyst life by means of decreasing its sensitivity
to the effects of coking, however a proper regeneration treatment is required to burn
off all the coke in an oxygen rich dry atmosphere. In fact, the deactivation can also be
caused by a sintering (i.e. change in the surface structure of the catalyst as a result of
elevating the reaction temperature). In general, classification the poisons according to
the way in which they operate as follows;

1- Deposited poisons: such as carbon deposition on the catalysts that used in
the petroleum industry. This kind of de-activated catalyst can simply be re-
activated using the heterogeneous regeneration process (a gas-solid non-
catalytic reaction).

2- Chemisorbed poisons: such as the sulfur compounds or other materials are

chemisorbed on nickel, copper, or platinum catalysts.



3- Selectivity poisons: In this way some materials in the reactant stream will
adsorb on the surface and then catalyze other undesirable reactions, which
usually leads to the lowering of catalyst selectivity. The small quantities of
nickel, vanadium, iron in petroleum stocks can act as poisons in this way.

4- Stability poisons: such as a decrease in oxidation activity when water vapor
is present in the sulfur dioxide-air mixture supplied to a platinum-alumina
catalyst. Because such water vapor may change the structure of the alumina
carrier. Sintering and localized melting another examples on this way of
poisoning.

5- Diffusion poisons: such as blocking the pore mouths, which prevents the
reactants from diffusing into the inner surface of catalyst. The formation of
solid residue due to react the feed with the catalyst can cause this way of

poisoning.

Calculations the rate of reaction & the activation energy in a fixed bed reactor:

Fixed (or packed) bed reactors refer to two-phase systems in which the
reacting fluid flow through a tube filled with stationary catalyst particles or pellets. By
assuming that the plug-flow tubular reactor (PFTR) awards both a constant
concentration and a stable density system, the following equations can be commonly

utilized to describe the irreversible reaction kinetics of the reactant substance:

Ao = products

R, —kC, = JCa (a)
dr
By integrating Equation a;
19y rde
A
=> InC,=—kr+b (b)

Where, Areact. = Reactant substance.
Re = Overall rate of reaction (i.e. speed of reaction), (mol.cm™.min™)

k = Rate constant (min™*), which has a positive relation with R



Ca = Concentration of the reactant (Areact.), (mol.cm'3)
T = Reaction time (min), and

b = Constant of integration

At the beginning of the cracking reaction (t = 0).
Thus, b=InC,, (©)
Where, C,. = Initial concentration of reactant substance (mol.cm™).

By substituting Equation c in Equation b;
InC, =-kz+InC,, (d)

Rewriting Equation d gives,

(€)

Since the concentration of reactant substance at any time during the reaction
can be given by means of fractional conversion of reactant (Xa), as shown by the

following expression:

= A=0-X,) ()

By combining Equation f and Equation e;
(L-X,)=exp(-kr) ©

Where, “k” has a unit of (time™) and “exp (k)" is a possibility that any given

collision will result in a reaction. Equation g can be rewritten as follows;

In(l- X,)=—kz (h)



Equation h can also be written as an experimental form of the integrated rate equation;

- X,)= k[%j (i)

Where, F (mol.h™) is the molar flow rate of the feed, W (g) is the weight of the
catalyst, therefore W/F (g-h.mol™) is referred to the residence time (i.e. contact time
between the feed and catalyst). k (mol.g™-h™) is represented as the rate constant of

chemical reaction.

The term contact time can be calculated, if the catalyst weight and the feed
flow rate are known. The rate constant (k) in Equation i can be determined from the
slope by plotting [-In (1-Xa)] versus [W/F].

In addition, the classical exponential law of Arrhenius, as given in Equation j,
can be applied to estimate the kinetic parameters of reaction, assuming the (k) values

at different reaction temperatures are identified.

k = A.exp(_ E%Tj )]

Indeed, the required energy to break down the molecules bond over the -
catalysts can be calculated from the slope by plotting the left-hand side of the

following operative equation against [1/T].

In(k) = (‘ E%}% T In(A) )

Where; k, Ea, R, T, and A have already been defined in page 1.

Example: The catalysts were shaped by pelleting the powder and then sieving
the particles (125 — 425 um pellets). Two ultra stabilized (US) zeolite type Y catalysts
with different silicon / aluminum (Si/Al) ratio were successively loaded into a
cylindrical Pyrex micro-reactor of 4 mm ID and 400 mm length. About 100 mg from
each USY catalyst was employed in the catalytic cracking experiment. At inlet feed
temperature of 110 °C and 1.013 bar, a range of flow rates (75, 56 and 37.5 ml/min)
of nitrogen / n-heptane mixtures (mole of nCy in the feed = 3 %) was introduced to the



reaction zone in order to obtain different contact times. Each kinetic test was achieved

at two different temperatures (375 and 425 °C) with constant backpressure of 0.04 bar

throughout the packed bed reactor. In the end of the experiments, the following data

was obtained:

Zeolite catalyst USY- catalyst No. 1 USY- catalyst No. 2
Reaction temperature 375 °C 425 °C 375 °C 425 °C
Flow rate \ Conversion Mol (% X) Mol (% X) | Mol (% X) | Mol (% X)
75 ml/min 0.962 5.601 4.409 12.852
50 ml/min 2.369 8.162 6.394 18.982
37.5 ml/min 8.828 17.163 17.422 34.013

In terms of activity and stability, which of these two USY-catalysts could you

recommended to use in this catalytic cracking reaction? (R = 83.14 bar.cm®.K™.mol™)

and (Mwt of nC; = 100.20592).

Solution: Summarization of the contact time (W/F) calculations:

Parameters Values
Pressure (P), bar 1.013 1.013 1.013
Backpressure (AP), bar 0.04 0.04 0.04
Total pressure (P = P+AP), bar 1.053 1.053 1.053
Inlet temperature (T), K 383.15 383.15 383.15
Total flow rate of feed (Q), ml.min* 37.5 56 75
Gas constant (R), bar.cm® K™*.mol™ 83.14 83.14 83.14
Total inlet mole (n = PF/RT), mol.min™ | 0.001239598 | 0.001851133 | 0.002479196
Flow rate of nC; only (F), mol.min* 3.71879E-05 | 5.5534E-05 | 7.43759E-05
Flow rate of nC; only (F), g.min™ 0.003726451 | 0.005564834 | 0.007452902
Catalyst weight (W), g 0.1 0.1 0.1

Contact time (W/F), g.min.mol™

2689.044297

1800.699306

1344.522148

Contact time (W/F), g.h.mol™

44.81740495
44 =

30.0116551
30 =

22.40870247
22=




Catalyst No. 1:

T=375°C
75
50
375

T=425°C
75
50
375

Catalyst No. 2:

T=375°C
75
50
37.5

T=425°C
75
50
375

WI/F

2241
30.01
4481

WI/F
22.41
30.01
44.81

WI/F
22.41
30.01
4481

WI/F
22.41
30.01
44.81

Conv.
Mol (%X)
0.962006201
2.368960004
8.827728348

Conv.
Mol (%X)
5.600562391
8.161698619
17.16326834

Conv.
Mol (%X)
4.408643425
6.394083153
17.42164577

Conv.
Mol (%X)
12.85221715
18.98209419
34.01256085

(X / 100)

0.009620062
0.0236896
0.088277283

(X / 100)
0.056005624
0.081616986
0.171632683

(X / 100)
0.044086434
0.063940832
0.174216458

(X / 100)
0.128522171
0.189820942
0.340125608

(1-X)
0.990379938

0.9763104
0.911722717

(1-X)
0.943994376
0.918383014
0.828367317

(1-X)
0.955913566
0.936059168
0.825783542

(1-X)
0.871477829
0.810179058
0.659874392

Function:

- In(1-X)
0.009666634
0.02397471
0.092419374

Function:

- In(1-X)
0.05763507
0.085140749
0.188298604

Function:

- In(1-X)
0.045087782
0.06607659
0.191422595

Function:

- In(1-X)
0.137564855
0.210499996
0.415705778

At T = 375 °C, the following First-order plots for n-heptane cracking reactions over

USY-zeolite catalysts were obtained;
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At T = 425 °c, the following First-order plots for n-heptane cracking reactions over

USY-zeolite catalysts were obtained;
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Using equation (i): —In(1- X, )= k(%j

The rate constant (k) of reaction over each catalyst can be determined from the slope:

USY-Catalyst Rate at 375°C Rate at 425°C
CatalystNo. 1 0.0038 mol.g™-h™  0.0062 mol.g*-h™

CatalystNo. 2 0.0068 mol.g™-h™  0.0126 mol.g*-h™

Using equation (j): k = A.exp(_ E%Tj where R = 8.314x 107 kJ.mol™K™?, both

the value of E; and A could be found.

Or by plotting equation (k): In(k) = (_ E%)% +In(A)

°c K 1000/T

375  648.15 1.542852735
425  698.15  1.432356943
Where;
R = 8.314 kJ.mol™K™, from the slope: E, over each catalyst could be found.
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The value of activation energy of cracking is decreased with increasing in

proportion rate constant value over more active and stabile USY-catalyst.

I- External transport processes in heterogeneous reactions

In case of mass transfer, the transfer of reactant from the bulk fluid to the outer
surface of the catalyst particle requires a driving force (Concentration difference
between bulk fluid and particle surface, which usually depends on: 1) the velocity
pattern in the fluid near the catalyst surface, 2) the physical properties of the fluid, and
3) the intrinsic rate of the chemical reactions at the catalyst, in other words: it depends
on the mass transfer coefficient between fluid and surface and the rate constant for the
catalytic reaction).

In case of heat transfer, the same reasoning suggests that there will be a
temperature difference between bulk fluid and catalyst, which depends on: 1) the heat
transfer coefficient between fluid and catalyst surface, 2) the reaction rate constant,
and 3) the heat of the reaction (If the reaction is exothermic, the temperature of the
catalyst surface will be greater than that of the fluid. If the reaction is endothermic,

the temperature of the catalyst surface will be less than that in the bulk fluid).



The objective from this study is to understand quantitatively how these
external physical processes affect the global rate, which is the rate that we need in
order to design heterogeneous reactors. For porous catalysts both reaction and heat
and mass transfer occur at the same internal location within the catalyst pellet, and the
effect of such internal physical processes will be considered in the next section of this

study (Internal transport processes-reaction and diffusion in porous catalysts).
A- Fixed-bed reactors:

In such reactors there will be regions near the outer surface of the particles
where the fluid velocity is very low. In these region (near from the points of contact
between catalyst particles), the mass and the heat (energy) transfer between bulk fluid
and pellet surface will be primarily by conduction. The transport rates between bulk
fluid and pellet surface are normally defined in terms of an (average heat (h) or mass
(km) transfer coefficient). It will be assumed that the average coefficient can be
applied to all the outer surface coefficient.

The study of the effect of the physical processes on the rates of reaction in this
case can be achieved by using an irreversible gaseous reaction with order (n) on a
solid catalyst pellet. At steady state the rate of the reaction may be written either in
terms of the diffusion rate from the bulk gas to the surface or in terms of the rate on

the surface as follows:

r, =k,a,(C, -C,) Therefore, r, =k.C{



Where, C = reactant concentration, C, and Cs are the concentration in the bulk
gas and the catalyst surface, respectively. k,, = the mass-transfer coefficient between
bulk gas and solid surface, an = the external surface area per unit mass of the pellet

(mass-transfer area), and k = the reaction-rate constant.

When both diffusion and reaction resistance are significant, and for first order
reaction the above equations can be easily solved to obtain an expression for the rate
in terms of the bulk concentration Cp:

K,-a, 1

C,=—"—"7C, Therefore, r, =k, Cy =—F——F—
k+km.am %+%m.am

Where;i:lJr
k, k k,.a

m m

It can be seen in this intermediate case that the observed rates can be used to calculate
the overall rate constant k.

ER.T

From Arrhenius equation the term A.e’ can be substituted for the rate constant k

of the surface step. Thus,

Skt “Shr
1_¢e + L Therefore, k, = K By A —
Ko A k,a, k. a, +Ae ST

Here E is the true activation energy of the surface reaction.

The external mass-transfer resistances [r, =k.C]'] have been based on isothermal

conditions with n = 1. Temperature difference due to external heat-transfer resistance
can also be important. The corresponding energy (heat, Qgr) evolved by reaction can

be given as:
Qr =(-AH)r, = (- AH ).A(e%TS j.cs

Where the second equality is obtained by expressing k in terms of the Arrhenius

function of temperature.



For non-isothermal behavior at steady state the heat loss, Q., from a catalyst
(heat-transfer per unit mass of catalyst) is equal to the Qg, as given by the following

equation for a first order reaction:

ha, (T, ~T,)= (- AH)r, = (- AH ).A(e_%TS j.cs

Where: r, =k,a,(C, -C,), and
Q. =ha, .(TS —Tb), in this equation the heat-transfer coefficient (h) was defined in

terms of the temperature difference (Ts — Tp), and the particle surface (heat- transfer
area).
In a design problem, A, E, 4H, h, ky, and a» would be known. The global rate (rp) is

to be calculated for a given bulk concentration (Cs) and bulk temperature (Ts).
-E
Where; k,.a,(C, —C,)=r, = A(e v, )CS

The relationship between the temperature and concentration differences
between fluid and pellet surface be established by combining the correlations for h

and ky,. The energy balance on the catalyst pellet for steady state gives:
ha, (T, -T,)=k,.a,(C, —C, )~ AH) OR, (T.-T,)=

Mass and heat-transfer coefficients (fluid-particle) in packed beds:

Average transport coefficients between the bulk stream and particle surface

can be correlated in terms of dimensionless groups, which characterize the flow

conditions.
K..0 . .
In the case of mass transfer, the Sherwood number; —% P s an empirical
- Dp'G - ‘Ll -
function of the Reynolds number; and the Schmidt number; D It is usually
H p-

used to correlate the experimental date in terms of j-factors, which are defined as the

following function of the Sherwood (Sh) & Schmidt (Sc) numbers:

_kap(a)( e )?
o="¢ a, J\ p.D



The ratio (an/a;) allows for the possibility that the effective mass-transfer area,

am, may be less than the total external area, a;, of the particles.

For Reynolds numbers (Re.) greater than 10, the following relationship
between jp and Re could be used to represent the experimental data:

~ 0458(D,G )"
o = .
€, y7)
Where; G = mass velocity (superficial) based upon cross-sectional area (Ac) of empty
reactor (See page 17).

D, = diameter of catalyst particle for sphere {for other shapes, an approximate

value of D, is that of a sphere with the same external area as the non-spherical

particle}.
M = viscosity.
p = density.

D = molecular diffusivity of component being transferred (cm?/s or ft?/h).

ep = void fraction of the interparticle space = (void fraction of the bed).

In the case of heat transfer between a fluid and particle surface in a packed bed
occurs by the same molecular and convective processes as describe mass transfer, the

experimental date can be correlated in terms of j-factors, which are defined as the

C..
o ] and the Stanton [
Kk, C.G

).
. [a_mJ[Cp-u]%
"oc,Gla )| k

h.D
Where; Stanton (St) = Nusselt (Nu = " ")/ [Reynolds (Re) X Prandtl (Pr)].

f

following function of the Prandtl [ ] numbers:

Cyp = specific heat, (kJ/kg.K or Btu/lb.F).
ks = thermal conductivity, (kd/s.cm.K or (Watt/cm.K) or Btu/h.ft.F).

The validity of the difference between jp and jy is uncertain in the absence of

0458 ( D,G J‘W

£, u

radiation, therefore; j, = j,




In addition using both jp and jy equations for the mass-transfer coefficient (km)

and heat transfer coefficient (h) yields;

Cp% % _
1.-T)=(c, - )G | (]
Cp'p %D JH
The expression can be used to evaluate the temperature difference from (Cp — Cs). For

many gases the Lewis number (Le), which is the ratio of the Prandtl and Schemidt

Cp-y

Le="" = K
Sc 7

p.D

above equation can be reduced approximately to the following form:

— AH
T, -T,)=
1)

numbers is about one :

=1.0, and also jp ~ ju. Hence, the

(Cb _Cs)'

B- Fluidized-bed reactors:

In the fixed-bed reactor the catalyst particles are relatively large and
stationary. In contrast, in a fluidized-bed reactor, the small particles (50 to 250
microns) move dependent on the velocity of the reacting fluid. In most fluidized-bed
catalytic reactors, the fluid is a gas and the normal operating condition is in the
bubbling regime. In this condition the gas moves through the reactor in two ways: as
bubbles containing relatively few solid particles and moving at above the average

velocity, and as a continuous dense or emulsion phase where the concentration of

particle is high.

Particle-fluid mass and heat transfer:

In the fluidized beds, the very high mass- and heat-transfer areas, per unit
mass of catalyst, are associated with the small moving particles. As a result, external
concentration and temperature effects are not very significant in design of fluidized
bed reactors (i.e. both concentration and temperature differences between fluid and

particle surface are usually negligible.



Kunii and Levenspiel have summarized available mass- and heat-transfer data
in the form of graphs of Sherwood and Nusselt numbers vs. Reynolds number.

Typical results may be expressed in terms of j-factors as:

-0.44

G

: : D,.
JH &JD :177 mlp_—g)
p

For the range 30 < [Dy.G / 1 (1 — &p)] < 5000. Here jp and Jy are as defined in
the previously equations. This correlation is based on data for both liquid-solid and

gas-solid beds.

Example: Estimate the ratio of mass-transfer rates, per unit volume, for fixed-

bed and fluidized-bed reactors at reasonable operating conditions. Suppose these

conditions are:

Properties Fluidized bed Fixed bed
Particle size, Dy, cm 0.0063 (250 mesh) 0.635
Void fraction of the bed, ¢, 0.90 0.40
Fluid mass velocity, G glcm®.s 0.02 0.10

Solution:

The mass-transfer rates, per unit volume of reactor is:

r,=p,0-e,) =p,0-¢, k,a,(C, —C,)
For spherical particles of diameter Dy, the external area per unit mass, am = 6 / Dp.pp.

6(1—gp)
"D

p

K (Cy —C5)

By substituting the values of k,, and then dividing the results to obtain the ratio
of mass-transfer rates for the same fluid (same physical properties in both fixed- and
fluidized-bed reactors) and also the same concentration difference.

- [(1_ g%p } N (G3y)

rixe (1_8 )
fred |: %p}fiXEd'(G'JD)fixed




Substituting the values of jp-factors in both fixed- and fluidized-bed reactors

as already have been given in the following equations:

D G\ DG |
jD:O'458[ i ] . & jD:1.77( P .

g u ,uil—epi

p

fluid ©

I i [1.77(1— £, )1'44 GO g p-1_44]

[ fived {(0.458% j(l_ £, )G 0593 4 p1.407}
P fixed

. . . I i
Numerical solution gives: —¢ = 32

fixed

Therefore,

As a result, the mass-transfer rate between particle and fluid for a fluidized
bed can be an order of magnitude greater than that for a fixed bed even though the
mass- and heat-transfer coefficients in fluidized beds are less than those in fixed beds.
It is evident that (Cp — Cs), will be negligible for fluid for a fluidized bed. A similar

result applies for external temperature differences (Ts— Tp).

C- Slurry reactors:

In both fixed- and fluidized-bed reactors, the external transport has been
analyzed for two-phase systems (fluid and solid catalyst). When there are both
volatile and non-volatile reactants, or when a liquid solvent is necessary with all
gaseous reactants, three phase reactors are needed. Example is hydrogenation of oils
with a nickel catalyst, where a gaseous reactant must be transferred from gas to liquid
and then from liquid to solid catalyst before reaction occurs.

The two common forms of three-phase reactors are the slurry and trickle-bed,
as shown in the figure. In three-phase system bubbles of gas rise through the agitated
slurry and the particles tend to move with liquid. The external temperature differences
can normally be neglected in slurry reactors. It is reasonable to assume that the liquid
and catalyst particles in a slurry reactor are well mixed, as in a stirred-tank, and the
gas bubbles are raised through the liquid. Thus, the concentration of gaseous reactant
in bubble will change with position. At one position, the overall reaction consists of

the following processes in series as shown in the figure:



1- Mass transfer from the bulk concentration in the gas bubble to the bubble-
liquid interface.

2- Mass transfer from the bubble interface to the bulk-liquid phase.

3- Mixing and diffusion in the bulk liquid.

4- Mass transfer to the external surface of the catalyst particles.

5- Reaction at the catalyst surface.

The rates of all the steps will be identical at steady state. If we make the
assumption of a first-order irreversible catalytic reaction, the rate per unit volume of

bubble-free slurry (r,) may be written:

r, =k.a,.C, (Step 5: reaction at the catalyst surface) Q)

Where a. = external area of catalyst particles per unit volume of liquid (bubble free).
k = first-order rate constant.

Cs = concentration of reactant (hydrogen) at the outer surface of the catalyst particle.



The rates of the three mass-transfer processes may be expressed as: (Note that
the resistance of Step 3 can be neglected, as the rise of the bubbles through the liquid,
along with the mechanical agitation is as a general rule sufficient to achieve uniform

condition in the bulk liquid).

r, =k,a,{C, ~Cy,) (Step 1: bulk gas to bubble interface) )
r, =k a, (c,-c.) (Step 2: bubble interface to bulk liquid) (3)
r, =k..a, .(CL - Cs) (Step 4: bulk liquid to catalyst surface) 4)

Where ag is the gas bubble-liquid interfacial area per unit volume of bubble-

free liquid and kg, ki, and k. are the appropriate mass-transfer coefficients.

If equilibrium exists at the bubble-liquid interface, Cigand C;_ are related by
Henrys law:

C, =HC, (Equilibrium: where H is the Henrys constant) 5)
{Note that Henrys law for solubility can also be expressed as: [P, =H,C, ], where

the concentration C;_ at the bubble-liquid interface will be that in equilibrium with the
pressure Py in the bulk gas of the bubble, and Hj is the solubility constant (atm.cm®/g
mol) or (kPa.m*/kg mol)}.

These five equations can be combined to eliminate Cig, Ci, Ci, and Cs. Then

the global rate can be expressed in terms of the concentration of reactant in the gas:

r,=k.a.C,
Where: —:i.iJri,iJrH i+£
ag kg ag kL kc k

The global mass-transfer coefficient (k,) is a function of three mass-transfer
coefficients (kg, k., and k), the specific reaction rate k, and the area ratio ac/ag (Note
that the rate will increase as this ratio falls). The constant k is sensitive to temperature
and should be associated with the temperature of the catalyst particle (or liquid
temperature, as the external temperature differences between catalyst particle and the
bulk liquid are not important in slurry reactors).



In fact, there is no resistance to diffusion from bulk gas (in the bubble) to
bubble-liquid interface, and the resistance to mass transfer on the liquid side of the

interface is predominant. For these conditions (Cq4 = Cjg) and last equation becomes:

1 a 1 (1 1
- = — 4| —+—=
k.H a, k (k kj

c

The global rate (r,) can sometime be defined in terms of the liquid-phase
concentration (Cy)eq. in equilibrium with (Cy).

Since Cq = Cig = H(C)eq., the rate [r, =k, .a..C,] can be given as:

r, =k .Ha, .(CL)eq_

. 1 a. 1 1 1
Where k,.H can be calculated from the same equation: { ——=—.—+| —+— | }.
k,.H a, k k., k

C-1 Mass-transfer coefficients: Gas bubble to Liquid (k.):

Even when the bubble is a gas mixture, the major resistance to transport for
slightly soluble gases is in the liquid. Therefore, k_is usually the important coefficient
in gas bubble-to-liquid mass transfer. Several experimental studies and correlation for

k_are available. In one correlation it is defined in the following dimensional equation:

k_ =0.592.D°° .(%)0'25

The energy dissipation rate (o) per unit mass of liquid (erg/s.g) is given by:

N,.p..N°Df
—w

o

Where: D; = impeller diameter, cm.
Da = molecular diffusivity of reactant in liquid, cm%s.

v = kinematic viscosity in (cm?/s), Note: The kinematic viscosity (v) is given

in Stokes (S) = cm?/s or C.S = 0.01 Stoke, and the dynamic viscosity (1) is given in

Poise (P) = g/cm.s or C.P = 0.01 Poise. Where: L = ﬁ, (p is the density, g/cm®). In
Jo,

addition, the thermo viscosity = 15+148.5.0 .




k. = liquid-side mass-transfer coefficient, cm/s.
N = impeller speed in rps.

W = mass of liquid in the slurry, g.

p = density of liquid phase, g/cm®.

¢ = a correction factor (0 < ¢ < 1) to account for the decrease in energy

dissipation rate due to gas bubbles. For y < 0.035, Calderbank gives the

N.D?

following relationship: ¢ = 1—12.6.(y

ND?’j , where Q is the gas flow rate, (cm®/s).
1

N, = power number, defined by the following expression:
— I:>W
" p/ N°D}
This number depends upon the design (number and size) of baffles, and vessel,

but frequently is about 10. P,, is the power input, erg/s.

This method of correlation to obtain the mass-transfer coefficient (k.), requires

a measurement of the energy dissipation rate by determining the torque of the agitator.

In the absence of mechanical agitation and for bubbles whose diameter is less

than 2.5 mm (the usual size range for slurry reactors), the following correlation is

available using the Schmidt number, Sc = LD:
p.
% 7
k(ﬂ_] _ 0.31{@-_@9]
p.-D pL

Where: ki = mass-transfer coefficient, cm/s.
Ap = difference in density between liquid phase and gas bubbles, glcm®.
ue = viscosity of liquid phase, g/cm.s.
g = acceleration of gravity, g/s’.

p = density of liquid phase, g/lcm®.

This correlation is for bubbles rising through the liquid phase because of

gravitational force. In the absence of such gravitational force, mass transfer from a

stagnant bubble would be by molecular diffusion through the surrounding stagnant

liquid.



k, _ k.D

kl'p:ﬁ
D
G u ﬁ)p D

the diameter of the bubble. D is the diffusivity, and k; is the mass-transfer coefficient.

P

The Sherwood number is Sh = =2, where Dy is

C-2 Mass-transfer coefficients: Liquid to catalyst particle (k;):

The velocity between the particle and the liquid determines the extent to which
convection increases the Sherwood number above that for stagnant conditions, i.e.
above 2. The basis for correlating k. as a function of agitation speed and particle size
is Kolmogoroffs theory of isotropic turbulence. According to this theory the Reynolds
number (Re) is defined in terms of the energy dissipation rate (o). If the eddy size ()
is greater than the particle diameter (Dp):

o D4 %
“p
Re= { 3 J C>Dyp
Or otherwise:
o.D! %
b
Re= [ 3 J C<Dp
Where: (0) is a function of (6) and the kinematic viscosity (v).
3\ 4
Thus, ¢ = [U—J
o
N,.p N°D?

Where, the energy dissipation rate (o) (erg/s.g) is given by: o = W )

In such three-phase slurries, both bubble-liquid and liquid-particle mass

transfer can influence the global rate.



D- Trickle-bed reactors:

In this down-flow of liquid and gas over a fixed-bed of catalyst particles as
shown in the below figure, the nature of the flow depends on both the liquid and the
gas flow rates. Amongst the boundaries of the different flow regimes, the trickle-flow
regime would be discussed here. In such regime and at low liquid and gas mass
velocities, the gas phase is continuous and the liquid falls in rivulets from one particle
to the next. For this type of flow the concentration profile for a reactant in the gas

phase is sketched in the following figure.

This profile is similar to that for a slurry reactor. However and as shown in the
above figure, a small part of the particle (labeled gas-covered) is exhibited without a
liquid rivulet. In fact, such surfaces exist at low liquid rates, and on this surface there
would be much less mass-transfer resistance for a gaseous reactant.

In trickle beds the external mass-transfer limitations are determined by the two
volumetric coefficients: gas-to-liquid, k..aq, and liquid-to-particle, kc.a.. The areas ag,

a. refer to the effective mass-transfer surface per unit volume of empty reactor.



D-1 Mass-transfer coefficients: Gas to Liquid (kiag):

In trickle beds the gas phase is often either a nearly pure component such as
the hydrogenations or a slightly soluble gas as in the oxidations. Therefore, the most
important coefficient for gas-liquid transport is the liquid side value ki .ay.

Two type of correlations have been used for ki.aq: one relates ki..aq to the
pressure drop for two-phase flow in the reactor, and the other is in terms of the flow

velocities, which can be given in the following dimensional equation:
D : He p.-D

, Where: p_ = liquid viscosity (g/cm.s), p. = liquid density

He
p.-D

(g/cm®), and D = molecular diffusivity of the diffusing component (cm?/s).

Schmidt number =

ki.ag = volumetric liquid-side mass-transfer coefficient (gas-liquid) )

G, = superficial mass velocity of the liquid (g/ cm?.s).

oy is about 7 (cm)™2, and n. = 0.40 for granular catalyst particles (0.054 and 0.29 cm
in diameter).

Note: The above equation does note involve the gas rate kq.a4, and this correlation

applies for the trickle-flow regime.
D-2 Mass-transfer coefficients: Liquid to Particle (k.a):

A correlation for the mass transfer between fluid and particle for the trickle-

flow regime that includes much of the data can be expressed as follows:

D G -0.331
Io :1.64( P L] [for 0.2 < (ReL = Dy u p. / pi) < 2400]
He

Where:

)
kcac = jD.(uL'at{ A J

p.D
And u, = superficial velocity of liquid = G/ p. = Q//A..
a; = total external area of particles per unit volume of reactor.

Kc.ac = volumetric bulk liquid to catalyst mass-transfer coefficient (liquid-solid) (s™).



D-3 Calculation of global rate:

The global rate is obtained by equating, at steady state, the rate of mass
transfer of reactant from the liquid to the catalyst particle (k) to the rate of reaction
(k). For a unit volume of reactor the equality may be written:

r, =k..8,{C_ —C,) =pa.r(Cs,Ts)

v

Where: C, is the bulk concentration in the liquid, pg is the bulk density of the
catalyst bed, and r(Cs,Ts) is the intrinsic rate per unit mass of catalyst, which
evaluated at the reactant concentration and temperature at the catalysts surface {for
first-order kinetics, r(Cs,Ts) = k.Ts.Cs}. When the temperature Tsis known (or when
Ty is known and there is no heat-transfer resistance so that Ts = Tp) as well as C, can
be solved for Cs (i.e. the concentration in the catalyst surface). Then this result,
substituted in the function r(Cs,Ts), gives the global rate corresponding to the bulk
values C, and T,. Note that the global rate is obtained without considering the gas
phase. This is because the assumption is made that the liquid completely covers the
outer surface of the particle. No reaction can occur without transfer of reactant from
liquid to particle. In order to evaluate the transfer rate of a gaseous reactant from gas
to liquid, the mass-transfer coefficient (k_.ag) would be necessary.



I1- Internal transport processes — reaction and diffusion in porous catalysts

The reaction that occurs within the pellet consumes reactant and evolves (or
absorbs) the heat of reaction. At steady state the average rate for the whole pellet will
be equal to the global rate at the location of the pellet in the reactor. The concentration
and temperature of the bulk fluid at this location may not be equal to the values at the
outer surface of the pellet. Also, it should be remembered that all intra-pellet transport
effects will become less important as the pellet size decreases. For fluidized-bed and

slurry reactors intra-particle transport processes can usually be neglected.

Intrapellet mass transfer:

Diffusivity or diffusion coefficient, is a proportionality constant between the
molar flux due to molecular diffusion and the gradient in the concentration of the
species (or the driving force for diffusion). Diffusivity is encountered in Flick's law
and numerous other equations of physical chemistry. It is generally prescribed for a
given pair of species. For a multi-component system, it is prescribed for each pair of
species in the system. The higher the diffusivity (of one substance with respect to
another), the faster they diffuse into each other.

Knudsen diffusion, is a means of diffusion that occurs in a long pore with a
narrow (or very small) diameter (2-50 nm) because molecules frequently collide with
the pore wall. Consider the diffusion of gas molecules through very small capillary
pores. If the diameter is smaller than the mean free path of the diffusing gas molecules
and the density of the gas is low, the gas molecules collide with the pore walls more
frequently than with each other. This process is known as Knudsen flow or Knudsen
diffusion. In fact, both Knudsen diffusion and bulk diffusion (it means the collisions,
especially in the large pore radius, will occur between bulk molecules rather than

molecules and pore wall) are important.



A: Gaseous diffusion in single cylindrical pores:

In a porous solid with interconnected pathways, a gas molecule may collide
with another molecule or with the pore walls. When the gas pressure is high,
molecule-molecule collisions dominate and the system is said to be in the normal or
Fickian regime. At low pressure, collisions are dominantly between molecules and the
walls, and the free path is restricted by the geometry of the void space. In this regime,
termed Knudsen diffusion, the presence of other gases no longer affects the transport,

and the flux depends only on the density gradient of the species of interest .

Basic equations, for many catalysts and reaction conditions (especially pressure) both
bulk and Knudsen diffusion contribute to the mass-transport rate within the pore
volume. For some years the proper combination of the two mechanisms was in doubt.
About 1961 three independent investigations proposed identical equation for the rate
of diffusion (in a binary gaseous mixture of A and B) in terms of the bulk diffusivity
Dag and Knudsen diffusivity Dk. If Na is the molar flux of A, it is convenient to
represent the result as:

N, = P p@a
RT dx

g

(1)

Where; ya is the mole fraction of A, x is the coordinate in the direction of diffusion,
and D is a combined diffusivity given by:

1
= )
(1_ a'yA ) + }/
DAB (DK )A
The quantity o is related to the ratio of the diffusion rates of A and B by:
o =1+ e ®3)

A
For reactions at steady state, o is determined by the stoichiometry of the reaction. For
example, for the reaction A _ B, reaction and diffusion in a pore would require
equimolar counterdiffusion; that is, Ns = — Na . Then o = 0, and the effective

diffusivity is:



D= @)
}/DAB +}(DK )A

When the pore radius is large, the combined diffusivity equation (Egn. 2) reduce to
the conventional constant-pressure form for bulk diffusion. For this condition:
(Dk)a —> . The combining Eqgns. (1) to (3) gives:

p d
__RtTDAB dyXA_'_yA(NA-i_NB) (5)

If, in addition, the diffusion is equimolar, Ng = — Na, Eqn. (5) may be written:

P, dy,
Nt p A
RT * dx

9

N, =- ©)

If the pore radius is very small, collisions will occur primarily between gas molecules
and pore wall, rather than between molecules. Then the Knudsen diffusivity becomes

very low, and the combined diffusivity equation (Eqgn. 2) reduce to:

dy,

N, =22 (D),

R, T

g

()

This equation is the usual one expressing Knudsen diffusion in a long capillary.
Effective diffusivities in porous catalysts are usually measured under
conditions where the pressure is maintained constant. Under this condition, and for a
binary counter-diffusing system, the ratio Ng/ Na is the same regardless of the extent
of Knudsen and bulk diffusion . Evans et. al. have shown this constant ratio to be (at

constant pressure):

Ne _ [M, (8)
NA MB
oa=1- M,

MB

Where M represents the molecular weight. Eqn. (8) applies for non-reacting

conditions. When reaction occurs, stoichiometry determines a.



Calculation of Diffusivities:

In analyzing Knudsen (ko'niid-son) and bulk diffusivities, the important
parameter is the size of the pore with reference to the mean free path. The bulk
diffusivity is a function of the molecular velocity and the mean free path; that is, it is a
function of temperature and pressure. The Knudsen diffusivity depends on the
molecular velocity v and the pore radius a. In terms of simple kinetic theory, these
two diffusivities may be described by the equations:

Where A is the mean free path. Since A is of the order of 1000 A for gases at
atmospheric pressure, diffusion in micro-pores of a catalyst pellet will be
predominantly by the Knudsen mechanism. This would be the case for a material such
as silica gel, where the mean pore radius is from 15 to 100 A. For a pelleted catalyst
of alumina, the mean macro-pore radius is about 8000 A. At atmospheric pressure
bulk diffusion would prevail in these pores. Since the mean free path is inversely
proportional to pressure (See the above equation), bulk diffusivity becomes more
important as the pressure increases.

For more accurate calculations the Chapman-Enskog formula has been found
suitable for evaluating the bulk diffusivity at moderate temperature and pressures. The
equation is (for the binary gas mixture A, B):

(Kt )

PO s €2as

D, = 0.0018583

Where; Dag = bulk diffusivity, cm?/s.
T = temperature, K.
Ma, Mg = molecular weights of gases A and B.
p; = total pressure of the gas mixture, atm.
oas, €as = constants in the Lennard-Jones potential-energy function for the

molecular pair AB; oag is in A.



Qag = collision integral, which would be unity if the molecules were rigid
spheres and is a function of (kg T / eag) for real gases, (ks = Boltzmann's constant "See
page 1").

Since the Lennard-Jones potential-energy function is used, the equation is
strictly valid only for non-polar gases. The Lennard-Jones constants for the unlike

molecular pair AB can be estimated from the constants for like pairs AA and BB:
Ops = E(O-A + GB)

bl

€8 :(SA-SB)

The force constant for many gases are given in the literature and are

summarized in the following Table:



Those are not available otherwise may be approximated by the expressions:

o =118V,
kaT _1301
e T,

Where; ks = Boltzmann's constant.

T, = critical temperature.

V,, = volume per mole (cm®/g mole) at normal boiling point.

If necessary, V, may be estimated by adding the increments of volume for the
atoms making up the molecule (Kopps law). Such increments are given in the

following Table:



The collision integral Qag is given as a function of (kg T / eag) in the following
Table:

From these data and the equations, binary diffusivities may be estimated for
any gas. For evaluating the Knudsen diffusivity we may use the following equation

for the average molecular velocity b for a component of gas in a mixture:

_ (SRQ T ]%
V, =
.M,

Combining this with equation: (D, ), = %v.a gives a working expression for (Dk)a in

T\
MA

Where; (Dk)a is in square centimeters per second, a is in centimeters, and T is in

a circular pore of radius a.

(Dy ), =9.70 ><103.a(

degrees Kelvin.



B: Diffusion in liquids:

The mean free path in liquids is so small that Knudsen diffusion is not
significant. Thus the diffusion rate is unaffected by the pore diameter and pressure (in
the absence of surface diffusion). The effective diffusivity is determined by the
molecular diffusivity and the pore structure of the catalyst pellet. Since the molecules
in liquids are close together, the diffusion of one component is strongly affected by
the force fields of nearby molecules and at the pore wall. As a result, diffusivities are
concentration dependent and difficult to predict. As an approximation, we may

express the diffusion flux of component A in a single cylindrical pore as:

dC
NA = _DAB d_XA

Where; Dag is the molecular diffusivity of liquid A in a solution of A and B, and
dCa / dx is the concentration gradient in the direction of diffusion.

Values of Dag are much less than those for gases and are, in general, of the order
of 1 x10®° cm?s.

The major need for liquid-phase diffusivities is in problems involving slurry or
trickle-bed reactors. Even though a gas phase is present, the wetting of the catalyst
particles by the liquid means that the pores will be essentially filled with liquid. Since
diffusivities in liquids are lower than those in gases, internal transport resistances can
have a larger effect on the global rate for trickle-bed reactors than for gas-solid (two-

phase), fixed-bed reactors.

Diffusion in porous catalysts:

Considerable experimental data has already been accumulated for effective
diffusivities in gas-filled pores. Since reactors normally are operated at steady state
and nearly constant pressure, diffusivities have also been measured under these
restraints. The usual apparatus is of the steady-flow type, illustrated in the following
figure for studying diffusion rates of H, and N, . The effective diffusivity is defined in

terms of such rates (per unit of total cross-sectional area) by the equation:



(N ) :—D dC:A:_ pt D dyA
Ale ¢ dr R,T ° dr

Where the subscript e on Naemphasizes that this is a diffusion flux in a porous
catalyst rather than for a single pore, as given by Egn. (1). If we use the
concentration-independent diffusivity D given by Eqn. (4), D. for a porous pellet will

also be constant. Then the last equation can be integrated to give:

Py D (yA)Z_(yA)l

RgT Ar

(NA)e ==

Where 4r is the length of the pellet. If the flow rates and concentrations are
measured for the experiment pictured in the above figure, (Na)e can be calculated.
Then this flux and the measured concentration and pellet length are substituted in this

equation to obtain an experimental effective diffusivity.

In the absence of experimental data, it is necessary to estimate D, from the
physical properties of the catalyst. In this case the first step is to evaluate the
diffusivity for a single cylindrical pore. That is, to evaluate D from Eqn. (4). Then a

geometric model of the pore system is used to convert D to D, for the porous pellet.



A model is necessary because of the complexity of the geometry of the void
spaces. The optimum model is a realistic representation of the geometry of the voids
(with tractable mathematics) that can be described in terms of easily measurable
physical properties of the catalyst pellet. These properties are the surface area and
pore volume per gram, the density of the solid phase, and the distribution of void

volume according to pore size.
1- The parallel-pore model :

Wheeler proposed a model, based on the first three of these properties, to

represent the mono-disperse pore-size distribution in a catalyst pellet. From ps and Vy

Vv,.

the porosity &, is obtained from the equation: ¢, :g—ps. Then a mean pore
Vy.ps +1

radius a is evaluated by writing equations for the total pore volume and total pore

2V
surface in a pellet. The result, developed as shown in the following equation: a = S—g

g
By using Vg, Sg, and ps, Wheeler replaced the complex porous pellet with an
assembly (having a porosity ¢, ) of cylindrical pores of radius a@. To predict D, from
the model the only other property necessary is the length x_ of the diffusion path. If
we assume that, on the average, the pore makes an angle of 45° with the coordinate r
in the resultant direction of diffusion (for example, the radial direction in a spherical

pellet), x, =~/2r .

Owing to pore interconnections and non-cylindrical shape, this value of x_ is
not very satisfactory. Hence, it is customary to define x_ in terms of an adjustable
parameter, the tortuosity factor ¢, as follows: x.= or.

An effective diffusivity can now be predicted by combining Eqgn. (1):

[N, =- i D a5 ], for a single pore with this parallel-pore mode.
R, T  dx

To convert D, which is based on the cross-sectional area of the pore, to a
diffusivity based upon the total area perpendicular to the direction of diffusion, D
should be multiplied by the porosity. Thus, the diffusivity is: D =&.D. In Egn. (1), x

is the length of a single, straight cylindrical pore.



To convert this length to the diffusion path in a porous pellet, x. from
equation x,.= Jr should be substituted for x. Therefore, 1/dx. = 1/6 dr. With these
modifications the diffusive flux in the porous pellet will be:

(N,), =- P Q%
RT & dr
Comparison with diffusivity equation in porous catalysts: (N,), =— RptT D, dg’* :
r

g

shows that the effective diffusivity here is: D, = 8% :

1
}/DAB " %DK )A

The use of these equations to predict D, is somewhat limited because of the

Where D is given by Eqgn. (4): D =

uncertainty about 6. Comparison of D, from the last equation with values obtained
from experimental data for various catalysts shows that ¢ varies from less than unity

to more than 6.

2- The random- pore model:

This model was originally developed for pellets containing a bidisperse pore
system, such as the alumina. It is supposed that the pellet consists of an assembly of
small particles. When the particles themselves contain pores (micro-pores), there
exists both a macro and a micro void-volume distribution. The voids are not imagined
as capillaries, but more as an assembly of short void regions surrounding and between
individual particles.

The nature of the interconnection of macro and micro void regions is the
essence of the model. Transport in the pellet is assumed to occur by a combination of
diffusion through the macro regions (of void fraction &y), the micro regions (of void
fraction &), and a series contribution involving both regions. It is supposed that both
micro and macro regions can be represented as straight, short cylindrical pores of
average radii av and @, . The magnitude of the individual contributions is dependent

on their effective cross-sectional areas (perpendicular to the direction of diffusion).



The details of the development are given elsewhere, but in general these areas

are evaluated from the probability of pore interconnections. The resultant expression
for De may be written:

Here D,, and ﬁy are obtained by applying Eqn.(4) to macro and micro
regions. Thus;

RN
RN
[EEN

ppe— + —
D, D, (Dy),

No tortuosity factor is involved in this model. The actual path length is equal
to the distance coordinate in the direction of diffusion. To apply De-equation requires

void fractions and mean pore radii for both macro and micro regions. The mean pore

2V
radii can be evaluated for the micro region by applying a = —to this region.

g
must be obtained from the pore-volume distribution, as

described. The mean pore radii are necessary in order to calculate (D, ),, and (D),
from the above equations.

However, am

The random-pore model can also be applied to monodisperse systems. For a
pellet containing only macro-pores, ¢, = 0 and De-equation becomes:

D, = 5M.‘glszl
Similarly, for a material such as silica gel, where ey = 0, the effective diffusivity is:
N 2
D.=D,¢,

Comparison of these last two equations with D, = 3% indicates that o = 1/e.

The significance of the random-pore model is that the effective diffusivity is
proportional to the square of the porosity.

















































































































